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Modeling for Industrial Heat Exchanger Type Steam Reformer
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Abstract-In a heat exchanger type steam methane reformer, the temperature profiles and mole fractions along the
axial distance from the top of the reformer can be predicted by using the channel model, considering radiation heat
transfer. The cross-section of the reformer tube was divided inio several channels as concentiic circles and then heat
transfer and mass transfer af the interfaces between adjacent channels were considered. Because the steam reformer
is operated at high temperature, the radiation and convection were combined into one heat transfer coefficient to
simplify the transfer analysis. This model predicts the industrial plant data very well; therefore, it may be used with
confidence to design the industral heat exchanger type reformer.
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INTRODUCTION

The steam reformer 1s widely used for the production of ammo-
nia, methanol, hydrogen, acetic acid and fuel cells [Park et al,, 1998].
The conventional fumace type reformer shows higher energy con-
sumption because of the fuel combustion, though it produces ex-
poit steam. In the conventional fumace type reformer, the reaction
heat for steam reforming is supplied by radiation heat transfer from
flame formed by the combustion of fuels such as hydrocarbons or
plant off-gas. Therefore, currently, two types of reformers such as
the Pd-Ru membrane reactor [Nam et al., 2000, Kim et al., 1999]
as well as the heat exchanger type reformer [Schneider et al., 1992;
Nirula, 1990] have been studied and applied, because they increase
methane conversion and reduce eneigy consumption, respectively.

In the heat exchenger type reformer, the reaction heat of steam
reforming is supplied by heat transfer of the hot gas generated from
the secondary reformer. Therefore, the hydrocarbon consumption
can be reduced by 20-30%.

In the heat exchanger type reformer, there are no serious hot spots
due to mdirect heat transfer from the heating gas temperature, un-
less carbon deposit takes place on the catalyst. Moreover, the heat
exchanger type reformer has the advantage of an ecologically clean
process because of no fuel combustion equipment except for the
fired heater for HDS (Hydro-Desulphurization System). Since 1988
the heat exchanger type reformer has been developed and commer-
cialized by licensors such as GIAF, ICI and M. W. Kellogg [Sch-
neider et al., 1992, Nirula, 1990].

Xu and Froment [1989b] and Elnashaie et al. [1992] predicted
profiles of design parameters such as temperature, reaction rates,
effectiveness factor and partial pressure of each components for
the mdusinal steam refonmer, usig the one dimensional heteroge-
neous model by Froment and Bishoff [1979]. Whereas Sosna et al.
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[1989] developed the channel model for the conventional type steain
reformer using pilot plant data and well predicted the temperature
and methane mole fraction along axial distance from the top. How-
ever, the modeling of heat exchanger type reformer; let alone an m-
dustrial scale design, has not yet been published.

In the present study, temperature profiles, mole fractions and re-
action rates are predicted by usimg the channel model Sosna et al.
[1989], which considers the counter-current heat transfer between
hot gas and tube wall ncluding radiation heat transfer. In order to
predict the temperatuwe profiles at the reformer tube surfaces, both
the convection heat transfer and the radiation heat transfer are con-
sidered. The predicted results from this model are compared with
the data from an industrial scale plant.

THE CHANNEL MODEL WITH COUNTERCURRENT
HEAT TRANSFER

1. Reaction Kinetics
In the steam reforming reaction, the possible kinetic rate expres-

sions considered are as follows: [Xu and Froment, 1989, Kin and
Tee, 1991].

CH+H,0=CO+3H,  AH=206.1 ki/mol )
CO+H,0=CO,+H,  AH=-41.15kI/mol )
CH,+2H,0=CO,+4H, AH=165.0 ki/mol (3)

Kim and Lee [1991] summarized the kinetic equations of previ-
ous researchers and developed the rate equation using industral cat-
alyst when high hydrogen partial pressure inteiferes with the meth-
ane reaction. Xu and Froment [1989a] developed the rate equation
of all the above reactions, but their equation is too complex and the
effectiveness factor for reaction (2) has a minus value due to the
switchmg of its direction of the reaction through the indusinal re-
actor modeling. Though Elnashaie et al. [1992] simulated the in-
dustrial reformer using the equations by Xu and Froment [1989a],
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the effectiveness factor shows stiff varation along the axial dis-
tance from the top. Therefore, they showed the monotonic decrease
of the effectiveness factor for reaction of CO, only after elimina-
tion of CO-shift reaction (2), but the effectiveness factor was still
negative at the end of reformer tube.

However, because the above reactions are known to be revers-
ible, many researchers [Khomerko et al, 1971; Allen et al,, 1975;
Koetal, 1995; Twigg, 1989] suggest that the reaction mechamsm
can be described with two simple equations. (1) and (2). Khormenko
et al [1971] developed the rate equation for methane conversion
using 0.03 mum mckel foil m order to obviate any pore diffusion hin-
ttation. They concluded that the water shft reaction approaches equi-
librium. Their equation can be considered to apply to any brand of
nickel catalyst, compensated with an effectiveness factor.

Therefore, in this study, the reaction rate equation by Khomenko
etal [1971] was adopted for modelmg the mdustrial scale methane
stean reformer. The rate equation 1s as follows:

:klPCHcPHzD[l 7PCOPL/(I§71 Pc'mPHzo)]
Proo +4Pr, 1P,

Where, k,=2.38x10°T" exp[-33720/RT], cm’(STP){m’-h-atm)
£=812x10°T" exp[19520/RT], atm™
£=1.82x10"T"" exp[46700/RT], atm™*

R, Q)

According to the brochure of HTAS regarding the catalyst R-67-
7H, the N1 surface area and bulk density of catalyst range from
3,500-5,000 m*/kg and 900-1,000 kg/m’. In order to convert the
unit of k; info kmol/m’-h-atm, it is necessary to multiply the factor
of 0.18 by average values of Ni surface area and bulk density in
the above equation

The rate equation for CO-shift reaction 1s as follows as Sosna et
al. [1989].

R2:k2 Pco [lfpcoz PHz/(KP‘z Pco PHZU)] (5)

2. Channel Model for Tubular Reformer

The schematic diagram for the heat exchanger type reformer 15
shown in Fig. 1. The feed (natural gas and steam mixture), which
18 ntroduced to the top of reformer, flows through the tubular re-
former. The steam reforming reaction takes place through the cat-
alyst bed mside the tube while the hot gas passes through the an-
nular space between reformer tube and cover tube. The hot gas from
the secondary reformer is infroduced at the bottom of the reformer
shell The product gases from reformer tubes are collected i the
header located at the top of the reformer and get out from the re-
former. Because the reaction heat 15 supplied n the radial diwrection
from the tube wall, temperature gradients may be developed in the
radial direction due to the consumption of heat as the reaction is
occurring. Whereas, the steam methane reaction rate depends on the
temperature and a molar concentration gradient in the radial direc-
tion may develop. It is necessary to analyze the heat transfer and
molar diffusion in the radial direction.

Therefore, the present model was developed under the concept
that the cross-section of the reformer tube is divided mto several
concentric circles and the mncrease m radius of concentric has to be
equal. The mcrement of radius, or, is equivalent to the volumetric
diameter of catalyst pasticle to have a physical meaning of channel
size, because the reactions are performed mside of the catalyst par-
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Fig. 1. Schematic diagram of heat exchanger type reformer.
1. Feed gas 5. Reformer tubes
2. Product gas 6. Cover tubes
3. Hot gas inlet 7. Pigtails
4. Hot gas ouilet

ticle. Therefore, if we divide the cross-section into n—1 concentric
circles, n charmels exast mside the tube. If we assume that good mix-
mg occurs mnside one charmel and heat and mass transfer occur at
the mterface between charnels, the mass and heat balances for the
1 comporent m 1-th channel can be described by following equa-
tions, respectively:

AN/AZ =Y EMR,S, +271,,,De " /AK(C, " ~C))
k=1
—2mr,Del/Ar(C - C ) (6)

C,mAT/AZ =2Qk(l —2)R,S, + 271, b /AT —T)
 mh AT T D
fori=1,...,n
where, 1 15 defined as an mteger value of R/d,+0.5

Boundary conditions are,

At Z=0, N=N’ and T=T" fori=1..n (8)
At 1=0, De!=0 and h =0 ©)
Atr=D/2, T"'=T,, h""'=h, (10)

The mam parameters for estimating the mole flow and tempera-
ture along the axial distance from the top are mass transfer co-
efficients besides the reaction rate. The mass transfer coefficient,
De, for the j component between channels can be defined by the
following equation of Scsna et al. [1989]:

De=0.28xDi+0.01 Pr'xRe’ an
Molecular diffusivity of j component to bulk phase, D/, can be
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obtamed by the rule of Blanc’s law calculation with the molecular
diffusivity of one componert j to the other component phases, which
was predicted by Sherwood et al. [1975].

On the other hand, the heat transfer coefficient H' in the catalyst
bed can be defined by following equation:

W=hi+v' d,C; C/Bo (12)

where h; implies the themmal conductivity and radiation heat trans-
fer coefficient.

hi=k+h; (13)

Here, the radiation heat transfer coefficient can be calculated by
the following equation as defined by Kulkammu and Doraiswamy
[1980]:

hi=1755%107 T & d+(1-)[IK10 k) +{1/1.755x107 T e d)] (14)

Moreover, the second term of Eq. (12) means the convective con-
tribution to the conductivity in the radial direction caused by flow
in the catalyst bed as defined by Westerterp [1986]. According to
tus study, the Bodenstem Numbes, Bo can be predicted by the fol-

lowmg equation as per the previous researcher.
Bo=8 [2-(1-2(d,/Di)y’] (15)

Tn order to calculate the heat transfer coefficient between inside tube
wall and catalyst bed, the following correlation equation was adopt-
ed.

Nu,—0.09 Re?® Pr'® (16)
Where, Re,=2Ar p,V/L

From the above Eq. (16), the heat transfer coefficient between tube
wall and n-th channel can be calculated.

In order to supply the reaction heat by the hot gas from second-
ary reformer, a countercurrent double pipe heat exchanger was
adopted. Therefore, the hot gas from secondary reformer passes
upward through the ammular space between cover tube and reformer
tube and then 1s cooled down. However, for the sake of simplic-
ity, the heating gas would be considered to be heated from the
outlet gas temperature up to the mlet temperature of the hot gas
from the secondary reformer. For the hot gas from the secondary
reformer, the heat transfer can be considered as follows.

CongM AT, /AZ=q 4, a7

Where, g, means the heat transfer from hot gas to reaction tube.
q, means the heat transfer from hot gas to cover tube.

Therefore, ¢, and g, can be defined by the following equations, re-
spectively, considermg radiation heat transfer:

q=(h,,+h, )Do (T-T, ) (18)
@=(h, ;+h, )nDe (T,~T)) (19)

It can be considered that all of the heat transfer from the hot gas
to the cover tube by Eq. (19) is transferred to the reformer tube by
radiation

q=(h, ;+h, Do (T-T)=h,, nDc (T-T,,,) (20)

Therefore, the equation can be expressed m terms of T, , T, and

wo» g

heat transfer coefficients.

The convective heat transter coefficient b, , between the hot gas
and the reformer tube wall and the convective heat transfer coeffi-
cient b, can be calculated by followmg equations [Bloch, 1967].

Nu,=0.86 (Do/Dc)™'¢ 0.0186 Re?® 20
Where, Ny, =(Dc—Do) b, ,/2k,

Nu,=[1-0.14(Do/Dc)**] 0.0186 Re?* (22)
Where, Nu,=(Dc—Do) h, ,/2k,

The radiation heat transfer coefficients can be calculated with the
emissivity as follows,

h,,=4.9%10% (e, + 1) &, T2 [(1—(T, /T F4)2(1-T, /T)] 22)

h,,=4.9x10* (&.+1) &, T} [(1~(T/T,*)/20 =TT, @3)
h,,=49x10% (1-¢) &, &, T? [(1-(T/T,P*)(1-T./T,)] Q24)

Throughout the above equations, the temperature profiles of the
reformer tube, cover tube, reaction gas and hot gas can be obtained
for tube length with an increase of length by 0.01 m.

RESULTS AND DISCUSSION

1. Model Verification

The model developed m this study mcludes all possible phe-
nomena taking place in the heat exchanger type reformer through
a nigorous heat and mass transfer analysis as well as the kanetic equa-
tion by Khomenko et al. [1971].

Tn order to verify this model, data from an industrial scale heat
exchanger type refoimer, which was used m ammora production in
Ching, and predicted values by this model are presented in Table 1.

Fust, from the top of the catalyst bed, the mass and heat balance
equations for each channel are mumencally solved with an mcrease
of length until the heating gas temperature, T, is the temperature of
heating gas from the secondary reformer, T, ,,.

The accuracy of the model s proved by the actual results as
shown in Table 1. The predicted methane content m the product is
very accurate, 25.97%, compared wnth the actual content, 25.71%,
with a difference of 0.28%, and for CO, by 0.8%, Thus result is bet-
ter than the results by Elnashaie et al. [1992].

Though the steam reforming reaction tends to reach the equilib-
rium state, the actual product composition has a gap from its chem-
1cal equilibnium state at the outlet temperature. While the equilib-
rium constant can be caleulated from the actual product composi-
tion, the equilibnum temperature can be deduced from the equi-
libnum constant because the equilibrium constant is a function of
temperature. The approach temperature is defined as the difference
between actual temperabire and equilibrium temperature. Therefore,
the approach temperature represents the catalyst activity. Through-
out the operation results, the approach temperature to the equilib-
nium for methane conversion 1s 7.6 °C.

2. Temperature Profiles

The temperature profiles of the reaction gas, tube temperature,
hot gas and cover tube are shown m Fig. 2. Even though the tem-
perature of the cover tube 18 close to that of hot gas, the radiation
heat transfer from cover tube to reformer tube for total heat flux 1s
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Table 1. Comparison between plant data and model predictions

Reformer tubes: Effective tube length=12.3 m
Number=168
Inner/outer diameter=0.102/0.114 m
Inner diameter=0.135m
Natural gas with following composition (vol%
dry basis):
CH, 83.66%, C,H, 11.76%, C,H; 0.95%,
CHy; 0.11%, C:H,;, 0.01%, N, 3.51%
Feed conditions: Feed temperature, T"=439 °C
Feed pressure , P"=2.5 Mpa
Natural gas flow rate=10,877 Nm*/h
S/C ratio=2.78

Cover tubes:
Process gas:

Hot gas data: Inlet temperature=955 "C
Outlet temperature=515 "C
Composition (vol %, wet basis)
CH, 0.29%, CO 7.75%, CO, 6.69%, H, 35.73%,
N, 14.42%, H,0 35.12%
Flow rate=83,226 Nm*h
Pressure=2.2
Outlet condition Plant data Model predictions
Temperature, "C 694 696.5
Pressure, MPa 2.40 2.44
Product composition (dry basis), %
CH, 25.71 2597
cO 4.73 5.21
H, 55.43 56.01
CO, 12.26 11.46
N, 1.85 1.35
1000
'
900 — Reaction gas "l
- = Tube /
= Hotgas Vs .t

800 Cover 7 -

Temperalure, °C

400

300 L L L L 1 i
0 2 4 6 8 10 12

Axial distance, m

Fig. 2. Temperature profiles along the axial distance from the top
of reformer tube.

15% at the bottom of the tube and 5.5% at the top of the tube of
heat flux according to the calculation results. Therefore, radiation
heat transfer should not be ignored for modeling of the heat ex-
changer type reformer because of tugh temperature operation. The
temperature difference at the bottom of the reformer 1s higher than
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Fig. 3. Profiles of mole fractions along the axial distance from the
top of reformer.

that at the top of the reformer, which means that the much more
methane steam reaction (1) takes place at the bottom of the reform-
er of the lugh temperature region. The temperature profile is a typical
one for a countercurrent exchanger system with reaction. Further-
more, the predicted temperature of the product gas 1s accurate com-
pared with the actual data; therefore, this model can be considered
as reasonable.

From this temperature profile both of the cover tube and reform-
er tube, the thickness of the reformer tube can be determined for
the purpose of cost reduction.

3. Mole Fraction Profiles

The predicted mole frachions of CH,, H,, CO,, CO along the axial
distance are shown i Fig. 3. The methane fraction decreases grad-
ually by 6 meters and its decrease becomes greater over 8 meters.
This trend is difterent from the result by Xu and Froment [1989b].
Because they calculate the heat transfer with the constant flame tem-
perature and overall heat transfer coefficient, the conversion rate of
methane along the axial distance is different. As can be seen in this
figure, the CO content 1s very low up to 8 meters, because the shift
reaction goes to equilibrium easily as reported by Khomenko et al.
[1971]. However, the CO, fraction would not mcrease further over
11 meters, because the CO-shaft reaction s exothermic, while the
hydrogen content increases further because the methane steam re-
action 1s endothermic.

4. Effectiveness Factor

Many researchers [Namaguch and Kikuchy, 1988, Twigg, 1989,
Xu and Froment, 1989b; Elnashaie et al,, 1992)] have reported the
effectiveness factor for mdustrial mickel catalysts. Namaguchi and
Kikuchi [1988] reported that the effectiveness factor has a value of
0.05-0.065. Twigg [1989] reported that the effectiveness factor may,
depending on condition, only be as high as 0.3 at the inlet region
and as low as 0.01 at the exit. However, Xu and Froment [1989b]
and Sosna et al. [1989] repoited that the effectiveness factor for
methane conversion has a value of 0.015-0.025. The effectiveness
factor for CO, reaction has discontuwaty and shows minus values
due to the reverse direction of this reaction. However, Elnashaie et
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al. [1992] reported that the effectiveness factor has values ranging
from 0.045 to —0.08 along the axial distance after they eliminated
the CO-shift reaction.

The effectiveness factor for methane reaction m this study can
be obtained as 0.04 by 8 meters from the top of the reformer tube
and 0.12 over & meters, usmg the wolf algonthim with wutial guess
n order to match all calculated values with industrial data.

Thas value enables one to predict the mlet and outlet data of -
dustrial plant. It can be considered the reason why the effectiveness
factor mcrease at the bottom of refonmer is induced from the dif-
ferert heating system compared with conventional fired heater type
reformer. Mareover, the effectiveniess factor for methane steamn re-
forming s close to its defimition because the kmetic equation of Kho-
merko etal [1971], which 1 applied to this model, 1s based on no
mass transfer effect.

CONCLUSIONS

The model developed m this study was venified with the data
from an industnal scale reformer that is operating in the ammonia
mdustry. This model is accuwrate and reasonable for predicting the
profiles of each temperature and mole fractions along the axial dis-
tance. Furthermore, radiation heat transfer is importart for predict-
mg accurate temperature profiles as well as the heat transfer rate.
This model can be used with high confidence to design an mdus-
trial heat exchanger type reformer.
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NOMENCLATURE

Bo : Bodenstein Number [C C, V d,/ek,]

C : molar concentration [kmol/m’]

C, - heat capacity of gas mixture [keal”C-kg)]
D - molecular diffusivity to bulk phase [m*/h]

De : effective diffusivity in radial direction [m*/h]

Dc . inside diameter of cover tube [m]

Di . inside diameter of reformer tube [m]

Do - outside diameter of reformer tube [m]

d, : volumetric diameter of catalyst particle [m]

h - heat transfer coefficient between channels [kcal/m?°C-

h]
- radiation heat transfer coefficient [keal/m®°C-h]
: convection heat transfer coefficient [kcal/m?°C-h]
. infrinsic rate constant of reaction [kmol/m’-h-atm]
: thermal conductivity of gas [keal/m°C-h]
: equulibrium constant of reaction
: mole flow rate [kmol/h]
: Nusselt Number
- reaction heat [keal/m’]
: Prandtl Number
- heat transfer rate [kcal/m-h]
: channel radius [m]
- reaction rate [kmol/m’-h]

=

o

Z e N ’;’UO?Z“WOQWW‘

Re : Reynolds Number m channel, 2 Ar p, V/1L

Re, : Reynolds Number for double pipe, (Dc—Do) p, V/i
S - cross-sectional area of channel [m?]

T : temperature [K]

Z : axial distance from the top [m]

Greek Letters

s : stoichiometric coefficient of component, j n the k-th re-
action

€ : catalyst bed porosity or emissivity

n : effectiveness factor

Subscripts and Superseripts

: cover tube

:gas

: 1-th channel number

: J-th component

: reaction number

: tube wall

: from hot gas to reformer tube

: from hot gas to cover tube

: from cover tube to reformer tube

W — g R oo
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